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Abstract – A 1 MWth pilot plant circulating fluidized bed (CFB) carbonator reactor is simulated
under different operating conditions with the coarse grain discrete element method (DEM) in
the context of the carbonate looping process. More specifically, the DEM is investigated in
associations with the approach in which up to several thousands of particles are modelled by a
representative single particle, so-called parcel. The simulation results under isothermal
conditions are in good agreement with experimental measurements. For model validation,
pressure transducer measurements along several reactor heights, gas concentrations and
capacitive probe measurements (particle velocities and particle volume fractions) were used.
Several particle size distributions were applied in the Lagrangian simulation to determine its
influence on the numerical pressure profile. Furthermore, the DEM model is analyzed in terms
of drag models by applying the Tang, Gidaspow, Wen and Yu, Syamlal O’Brien and Gibilaro
models using custom-built User-Defined-Functions. The heterogeneous reaction between CaO
and CO2 is modelled according a reaction rate expression according (Hawthorne et al.). The
reaction rate is crucially dependent on physical sorbent properties.

INTRODUCTION
Before the era of high performance computers, lab-scale experiments led to empirical approaches for
calculating properties that are relevant in fluidized bed applications. Properties as for instance the minimum
fluidization velocity, bubble formation rate, solids entrainment rate, gas-particle contact time scales, particle
attrition or spatial solids distribution are of great importance in the design and operation of CFB units. Such
lab-scale experiments (Adánez and Abanades 1991; Mathiesen et al. 2000) provided the basis for reactor
design in commercial scale size applications. However experiments are environmentally unfriendly, also
usually associated with costly measurements and high time expenditure. An alternative to experiments are
numerical simulations that gained especially in the last decade particular importance in the prediction of gassolid flows. The computational hardware performance further increased and numerical 3D simulations that
are often referred as computational fluid dynamics (CFD) tools, moved into the center of attention. CFD
tools allow to generate 3D simulation results within reasonable time and to use the results for studying
reactor design modifications and complementing experimental data. It is worth to mention that many
industrial applications include process time scales or microscopic phenomena that are still not feasible to be
solved in CFD simulations because of not sufficient computational performance. Nonetheless, many large
scale size applications are modeled with simplifications as it is demonstrated in the work by Odenthal et al.
(Odenthal et al. 2006) who simulated a blast furnace taking into account a simplified interaction approach for
the three Eulerian phases. Another particle related simplification in the discrete element method is the so
called coarse grain approach in which many real sized particles are considered by one representative parcel
(Sakai et al. 2014). By this simplification less particle trajectories are solved and consequently computational
resources are saved. Despite all available simplifications, it is necessary to further develop CFD tools and
validate proposed models with experimental data, not only for the sake of limited environmental resources
but also due to increasing experimental costs. The objective of this work is the development and validation
of a 3D model that represents a circulating fluidized bed (CFB) unit of 1 MWth size in the calcium looping
process. In this carbon capture and sequestration process, a mixture of calcium oxide (CaO) and calcium
carbonate (CaCO3) particles are circulating between two interconnected circulating fluidized bed reactors,
carbonator and calciner respectively (Ströhle et al. 2014). The carbonator reactor is favorably operated at
650° C in order to account for optimum reaction atmospheres between CaO and CO2 to CaCO3 (Grasa et al.
2008).

EXPERIMENTAL BOUNDARY CONDITIONS
The carbonator reactor is 8.66 m in height and has an inner cross section diameter of 0.59 m (Figure 2).
During the operation of the 1 MWth pilot plant solid samples were continuously extracted at the reactor outlet,
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reactor inlet (stream from calciner) and below the reactor nozzle bottom (screw conveyer). In total 154 hours
operational hours were performed capturing CO2 from a flue gas that originated from a coupled combustion
chamber. During operation, the carbonator capture efficiency varied between 40-93% while the total plant
CO2 absorption efficiency was in the range of 70-96%. For model validation a 10 hour time span was
selected in which the carbonate looping plant achieved stable operating conditions. The error for the overall
mass balance between all streams entering and exiting the carbonator was approximately ~ 1 % which is in
the magnitude of signal measurement standard deviations of used measurement apparatus. The collected
samples were analyzed in terms of chemical composition and particle size distribution which are required for
the proper definition of CFD boundary conditions. The particle size distribution (PSD) for the three
extraction points is depicted in Figure 1.

Figure 1: Particle size distribution at different extraction positions in the experiment

The PSD at the reactor inlet and outlet has a similar distribution while the PSD from the bottom of the
reactor is shifted to bigger particle diameters.
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Figure 2: Carbonator reactor simplification a) CAD drawing of real sized model b) CFD geometry of riser only
c) Discretization of the geometry
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This fact can be attributed to the accumulation of coarser ash particles during long term pilot testing with
pulverized hard coal. Besides gas concentrations at the outlet, pressure measurements, particle related
measurements such as particle velocities and particle volume fractions were determined during plant
operation (Daikeler et al. 2016). To the best knowledge of the authors, such a complete data set is rarely
available in the literature for pilot plant sized CFB reactors and the validation work carried out is therefore
very valuable for CFD model development. The Euler-Lagrange simulation was carried out using the PSD at
the reactor outlet and the reactor bottom. Additionally to the simulations using PSD from the experiment, the
mean Sauter diameter was used for a monodispersed parcel simulation. The derived gas composition and
mass flow conditions from a closed energy and mass balance are summarized in Table 1. The reactor
inventory was calculated from experimental pressure measurements to ~ 200 kg and the numerical
temperature field was interpolated from experimental measurements along the reactor height.
Table 1: CFD mass flow and gas composition boundary data
Location

Temperature
[°C]

Mass flow
[kg/h]

Distributor
(mf-inlet)

150

747

Burner
(mf-inlet)

35

103

LS4.5
(mf-inlet)

859

LS4.1
(mf-inlet)

615

27

Outlet
(pressure
outlet)

3693
33
UDF
Temperature
[° C]

Species mass fraction [%]
CO2
O2
H2O
N2
O2
N2
Propane
O2
N2
CaO
CaCO3
CaSO4 + Ash
O2
N2
Solid

0.201
0.062
0.052
0.685
0.233
0.767
0
0.233
0.767
0.829
0.004
0.167
0.233
0.767
100

Pressure [Pa]

602

0

NUMERICAL MODEL
In this work the carbonator reactor is modeled and simulated in the ANSYS FLUENT TM software using the
Lagrangian coarse grain discrete element method (parcels). The Euler-Lagrange model treats the fluid phase
as a fluid and the particle phase as discrete elements. The fluid phase is solved based on the Navier-Stokes
equations, while the particle movement is solved using Newtown’s equation of motion. In this approach both
parcel-fluid and parcel–parcel interactions are taken into account (Vreman et al. 2009). The mass
conservation for each fluid phase is included by multiplying the continuity equation with the corresponding
volume fraction of each phase as follows:
∂
(ε ρ ) +
∂t g g

∇ ∙ (εg ρg u
⃗ g) = 0

(1)

The momentum balance equation is extended by the volume fraction and the interaction term FDEM , which
couples the fluid phase with the corresponding solid phase. The fluid momentum equation can be written as:
∂
⃗ ) + ∇ ∙ (εg ρg u
⃗ gu
⃗ g ) = −εg ∇p + ∇ ∙ (εg 𝛕𝛕̿g ) + εg ρg⃗g + ⃗FDEM
(ε ρ u
∂t g g g

(2)

⃗⃗⃗⃗⃗⃗⃗⃗⃗⃗
The coupling term F
DEM considers the momentum change of all parcels located in one cell and is given as:
⃗ DEM =
F

β
∑ (u
⃗p−u
⃗ g)
εg

(3)

NParcel

The inter-phase exchange coefficient β can be calculated by using conventional drag models such as Syamlal
O’Brien (Syamlal et al. 1993), Gidaspow (Gidaspow 1994) or a more sophisticated EMMS drag model (Qi et
al. 2007). For instance, the inter-phase exchange coefficient of Wen and Yu (Wen and Yu 2013) drag model
can be written as:
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β
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p

up − ⃗⃗⃗⃗
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u g εg

( )

Several other drag models are available in the literature to account for the momentum exchange between
solid and fluid phase e.g. Gibilaro et al. (Gibilaro et al. 1985) or Tang et al. (Tang et al. 2015). The particle
trajectory is computed based on the transitional motion equation:
ρp

⃗
t

=

⃗p =
F

⃗p
F

+

⃗
F

g

⃗
+F

⃗t
+F
t

t

( )

The calculation of contact forces between two colliding parcels is schematically presented in Figure 3. The
principle methodology is known as the soft-sphere approach in which two particles can overlap each other.
Based on the overlapping magnitude a resulting contact force is computed using the Spring-Dashpot law.
This law consists of a spring and a damper element with the damper term representing the energy dissipation
during collision (Figure 3). Based on the spring constant and the overlap magnitude, the normal contact force
is calculated. The dashpot term allows the modelling of inelastic collisions when using spring constant k and
damping term . The normal force in newton is thus calculated (Fluent 2014) as:
⃗⃗⃗⃗⃗⃗⃗⃗⃗⃗ =
F

+ (⃗ ∙ ⃗ ) ⃗

( )

ö
Figure 3: Spring-Dashpot collision law

The tangential collisions forces are modelled by the friction collision law. This force is based on Coulomb
friction:
⃗⃗⃗⃗⃗⃗⃗⃗
F t = ⃗⃗⃗⃗⃗⃗⃗⃗
F

( )

In Eq. (7) is the friction coefficient which depends on the relative velocity between particle and fluid
⃗
⃗t
represents the normal collision force and F
the tangential force which is directed opposite to
phase. F
the relative tangential particle motion. The friction coefficient can be adjusted for different tangential
velocities
according to the description in the ANSYS FLUENTTM theory guide (Fluent 2014). The
defined spring constant has a value of 500 N/m for Parcel-Parcel, Parcel-Wall interactions and fulfills the
constrain for the particle time step size according Sullivan and Bray (O'Sullivan and Bray 2004). For the
particulate matter resolution two types of parcels were used in the numerical model, namely multicomponent
(CaO, CaCO3, CaSO4) reactive parcels and inert ash parcels that are not participating in any reaction with the
fluid phase. The density of calcium carbonate was determined at the institute’s laboratory. For pure calcium
oxide the density is approximately ~ 1600 kg/m³, however due to high heating and cooling rates in the
experiment a value of 1900 kg/m³ was estimated (Fischer 1955). For the calcium sulfate the same density as
for calcium carbonate was assumed. For fly ash, a value of 1000 kg/m³ was used as it represents a broad
range of coals (Epple et al. 2012). The initial mass composition of the multicomponent parcels was defined
by the chemical composition at the reactor outlet, assuming ideal mixing in the CFB unit (Table 2). The fluid
time step for the coupled CFD–DEM case is set to 1 millisecond while the particle time step is defined as
0.2 milliseconds. On the one hand lower particle time step sizes are required to properly resolve parcelparcel and parcel-wall collisions. On the other hand the usage of higher particle time step sizes result in too
large overlapping of parcels and lead to numerical instabilities. As concerns the spatial discretization of
equations, for the coarse grain DEM simulation the second order QUICK scheme is applied for the solution
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of the momentum and mass equations while for the time discretization a first order implicit scheme was used.
Moreover, the phase-coupled SIMPLE algorithm is applied for the velocity-pressure coupling. For the
accurate prediction of the pressure profile, the overall simulation time for each of the numerical simulations
is approximately 20 seconds, with the last 15 seconds being used for time averaging.
Table 2: Particulate matter modelling and chemical composition data as boundary conditions

CaO

Density
[kg/m³]
~ 1900

Initial mass
fraction [%]
~ 80.0

CaCO3

~ 2540

~ 9.5

CaSO4

~ 2540

~ 10.5

Ash

~ 1000

Parcel component

It was observed that 5 seconds after initialization, an equilibrium state is almost reached in every case. The
Euler-Lagrange approach typically uses a numerical grid to discretize the equations of the continuous phase
with the particles being tracked on the same grid. The average cell size in DEM simulations should be
sufficiently small to capture small-scale structures of the fluid flow, however big enough to avoid numerical
instabilities that are associated with a fully occupied cell by a single parcel. Nevertheless, the grid density is
not the only parameter that affects the required resolution of the Euler-Lagrange models. Since particle
numbers in industrial or even pilot plants are too high, the number of particles per parcel is a crucial
parameter for the CFD model results accuracy (Li et al. 2012). According to this, two more resolution
parameters for the DEM or MP-PIC parcel based simulations are currently proposed in the literature. The
first resolution factor Cr denotes the average cell length to the parcel diameter and has a value of 3.02 in this
work. The second resolution factor Par represents the parcel to particle diameter and has a value of ~ 58 in
this case. The applied mesh consists of ~ 100,000 hexahedral cells with a minimum orthogonal quality of
0.60 (Figure 2). In the beginning of the simulation the parcels were randomly placed in the numerical domain
using an injection file that was created by a developed MATLAB code. The injection file contains 200,000
parcels with exact positions and zero initial velocities. The total mass of all parcels is ~ 200 kg. During the
transient run, the number of injected parcels was controlled by User-Defined-Functions (UDF) in order to
keep the inventory constant. The parcels were injected through the inlet port according experimental
boundary condition. The focus lays on the correct prediction of the hydrodynamics and accurate gas
concentrations along the carbonator height. The numerical results are compared to experimental
measurements such as capacitive probe measurements (Daikeler et al. 2016), gas concentrations at the
reactor outlet and several differential pressure signals over the reactor height. The reaction scheme according
Charitos et al. (Charitos et al. 2010) and a proper drag resolution, that is important for the correct prediction
of momentum exchange between fluid and solid phase, are realized by custom-built UDFs.

NUMERICAL RESULTS AND DISCUSSION
Figure 4 depicts the numerical results of time averaged pressure profiles along the reactor height in
comparison with the experiment.

Figure 4: Pressure profiles left hand side: Influence of experimental PSD using Syamlal O’Brien drag model, right hand
side: Influence of drag models using PSD at outlet
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The numerical data on the left hand side was generated using the Syamlal O’Brien drag model. It can be
clearly seen that the pressure profile is overpredicted for the mean Sauter diameter over the whole height of
the reactor as well as for the multiple diameters simulation at heights above ~ 0.5 m using the same drag
model. Generally a better fit to the experiment is achieved particularly at lower reactor heights when using
multiple particle diameters for both PSDs. For the investigation of the drag model influence the upper
mentioned drag models from the literature were used to simulate the 1 MWth CFB unit. These drag models
were developed based on theoretical and experimental studies for a certain range of conditions. A new drag
correlation developed by Tang et al. (Tang et al. 2015) is derived from a computational study of fully
resolved monodisperse static arrays of spheres for a broad range of particle Re numbers and solid volume
fractions. This drag model quantitatively does not sufficiently match the experimental data above reactor
heights of 0.5 m, however shows qualitatively very good agreement with the experiment. On one hand the
time averaged pressure is homogenously distributed over the reactor cross section for all investigated drag
models while on the other hand the time averaged particle distribution is inhomogeneous and higher
concentrated in the vicinity of reactor walls. Especially the solids volume fraction close to the inlet port is
increased (Figure 5).
a)

b)
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Figure 5: Comparison of time averaged particle volume fraction using (a) Syamlal O’Brien (b) Tang et al. drag model;
(c) Time averaged CO2 concentration inside the reactor using Syamlal O’Brien drag model

Generally a typical core annular flow pattern can be observed in the contour plots. The simulated solid
volume fraction is overpredicted by a factor of ~ 10 at a reactor height of 4.4 m is a result of an
overpredicted drag force. Drag models based on the energy minimization theory (Li et al. 2012; Stroh et al.
2015; Zeneli et al. 2015) are capable to predict the pressure profile more accurate.
However such models require the solution of a
minimization problem including 6 or more
variables depending on the model boundaries.
Generally such an approach is computationally too
expensive to be implemented in a transient particle
simulation, hence needs a pre-calculation of drag
correction terms outside the CFD software. When
comparing the particle z-velocities at a reactor
height of 4.4 m with capacitive probe
measurements (Daikeler et al. 2016) the velocity
agreement is good for the representative Sauter
diameter, especially in the reactor center. For the
multiple diameters simulation the velocities in the
center are overpredicted due to mainly smaller
particles that were entrained with the flow. In the
vicinity of walls, both numerical cases
Figure 6: Time averaged parcel velocities using Syamlal
underestimate particle backflow velocities. The
O’Brien drag model in comparison with the experiment
carbonation reaction rate depends on several
experimental parameters such as gas composition, make-up mass flow rate, physical sorbent properties and
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CO2 equilibrium concentration (Donat et al. 2012). For simplicity reasons the numerical temperature field
was linearized by using experimental temperature measurements along the reactor height. The investigation
of the CO2 profile along the reactor height and reactor cross section confirmed the typical core annular flow
(Figure 5). The time averaged mean CO2 outlet concentrations deviates approximately 6 % from the
experimental value. This is a very good result considering the complexity of the boundary conditions and the
carbonation reaction.

CONCLUSION
In this work a pilot plant 1 MWth CFB carbonator unit was simulated with the coarse grain DEM model
using experimental boundary conditions of a calcium looping process during long-term stable operation. The
coarse grain DEM model was investigated in a parametric study varying the resolution factors Cr (average
cell length to the parcel diameter) and Par (parcel diameter to particle diameter). A value of 3.02 for Cr
showed an independent result for the computed pressure profile while a value of 58 for Par was sufficiently
small to have no further influence on the simulation results. Several interesting findings on the
hydrodynamics of the CFB unit could be determined numerically: Firstly, the influence on the pressure
profile of applied particle size distributions from different extraction locations in the experiment was
elaborated. Both PSD samples yield a similar numerical pressure profile even though one sample had not
negligible bigger diameters. Secondly, the Sauter mean diameter that is often used in numerical studies,
showed an overprediction of the pressure profile along the whole reactor height. Thirdly, the coarse grain
DEM model is analyzed in terms of momentum exchange between solid and fluid phase by applying the
Tang, Gidaspow, Wen and Yu, Syamlal O’Brien and Gibilaro drag models using custom-built UDFs in the
numerical model. The numerical pressure profile showed for all models qualitatively a good agreement with
experimental data however all models quantitatively overpredicted the pressure profile above a reactor height
of ~ 0.5 m. The computed particle velocities are in good agreement with experimental measurements at a
rector height of 4.4 m using the Sauter mean diameter. For the multiple particle diameters simulations the
central particle velocities were numerically overpredicted while the backflow particle velocities in the
vicinity of walls underpredicted. The solids volume fraction and as well the CO2 concentration confirmed
the typical core annulus flow in the cfb unit. The heterogeneous reaction between CaO and CO2 is modelled
according available a reaction rate expression from the literature (Charitos et al. 2010). The time averaged
CO2 reactor concentration correlated well with the solids distribution. The CO2 volume concentration was
increased in the reactor center where less reactive particles are located. The reactor outlet CO 2 vol. %
concentration deviated approximately by 6 % from experimental data. In future investigations the drag model
by Tang et al. will be corrected based on an in-depth examination of the friction coefficient and solids
volume fraction in the numerical domain.

NOTATION
Roman symbols
d
Diameter, [m]

Cr

Average cell length to parcel
diameter ratio

Velocity, [m/s]

F

Force, [N/kg]

Terminal velocity correlation,
[m/s]

Par

Parcel diameter to particle
diameter ratio

ε

Volume fraction, [-]

g

Gravitational acceleration, [m/s²]

u
p

D

Dimensionless drag coefficient, [-]

Greek Symbols
β
Fluid-solid exchange coefficient,
[kg/(m³s)]
Damping coefficient in DEM
model, [-]
Overlapping magnitude in DEM
model, [m]
Subscripts
con

DEM

Contact between colliding
partners

Coupling term for momentum
exchange between particle and

Friction coefficient, [-]
g

Gas shear viscosity, [kg/(m²s)]

ρ

Density, [kg/m³]

𝛕𝛕̿g

Stress-strain tensor, [Pa]

g

Gas

p

Particle/Parcel

fluid phase
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